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ABSTRACT

Cdculations of natura gas dew points are quite important in the gas processing industry.
A number of software packages used by the industry have multiple options for caculaions of
dew points. One option isto fix the pressure and the software will caculate the dew point
temperature. Another option isto have the software generate the phase envelope for the natural
gas mixture. A third option is for the user to perform flash caculations a a fixed pressure and
varying temperatures until the amount of condensed liquid is arbitrarily smal. Sometimes, these
three different options yield three different caculated dew points. Because the three different
dew point options involve nested iterative loops which solve for liquid and vapor densities and
component fugacities as well as the temperature or vapor fraction, the three options should agree
within some measure of the different convergence criteria used by the three options, provided the
methodology used in a given option does not fail. Examples of dew point caculation differences
by the three options are presented and some analysis of which option best represents the equation

of state used is given. In addition, possible methods for reducing the inconsstencies are

discussed.



INTRODUCTION

Thefocus of this paper is on the need for improvements in process Smulator equation of
state vapor-liquid equilibrium dgorithms for naturd gas mixtures containing large numbers of
heavy hydrocarbons. Calculation results are presented for two commonly used smulators to
show that each smulator caculates inconsstent dew points using different calculation options
available in each smulator. Possible causes for these incongstencies aswell as possible
solutions are discussed to encourage reductions in these incongstencies in future versions of
process smulators.

INCONSISTENCIES USING SSMULATOR NO. 1

An example of incongstencies in dew points calculated using different algorithm typesis
given here for the naturd gas mixture composition in Table 1. The components with an asterisk
(Ce*, C7*, etc.) are pseudo-components for which the characterization parameters givenin
Table 1 have been used in the calculations.

Cdculaions were performed using two smulators commonly utilized by engineersin gas
processing. The Peng-Robinson equation of state was used for the calculations. First the phase
envel ope option was used to cal culate temperature- pressure conditions of bubble points and dew
points on the phase envelope of the mixture in Table 1. Then a dew point condition on the phase
envelope near 40 bar absolute pressure was selected. For Simulator No. 1, this pressure was
41.0 bar(a) and the phase envelope generated dew point temperature was 52.59°C, as shown in
Table 2. Then aseparator module caculation was performed using the composition in Table 1
for the feed stream and specifying the separator condition to be 41.0 bar(a) and ratio of the moles
of vapor to moles of feed, V , to be 1.0. The resultant dew point temperature, shown in Table 2

was 50.17°C. Findly, isotherma-isobaric flash caculations were performed using the



compositionin Table 1 at afixed pressure of 41.0 bar(a) and temperatures starting with 52.59°C
and successvely reducing the temperature until the calculated moles of liquid to moles of feed,

L , was nonzero. By this procedure, the dew point from the isothermal-isobaric flash
caculations was interpreted to be 41.57°C, as shown in Table 2.

Theresaultsin Table 2 for Smulator No. 1 demondirate the large inconsstenciesin
cdculated dew points for natural gas mixtures that can occur using different smulator
computation modules. Congder the following scenario. Suppose a gas processing plant has
been designed usng Smulator No. 1 with the Peng-Robinson equation of state. Assuming the
dew point from the isotherma-isobaric flash caculation is the most accurate dew point in
Table 2, and then if the design find two phase condition temperature- pressure of the process
stream were 41.0 bar(a) and 41.57°C, the sales gas would be totally vapor at 41.0 bar(a) for any
temperature above 41.57°C.

Congder that the contract sales gas dew point specification sates that at 41.0 bar(a) no
liquid can form so long as the temperature is above 42.00°C. If in the actua operating gas
processing plant the sales gasiis the vapor stream from a separator at 41.0 bar(a) and 41.57°C,
with the composition in Table 1, then this gas will meet the dew point specification, provided
thereisno liquid carryover. On the other hand, if the gas purchaser uses the phase envelope
module in Smulator No. 1 with the Peng-Robinson equation of state, a dew point temperature of
52.59°C will be caculated at 41.0 bar (a). If the gas purchaser believes the phase envelope
generator to be correct, the purchaser will believe the purchased natural gas does not meet
specifications and the gas dew point is 10°C greater than the contract dew point. Differences of

this sort can cause contractua disputes and can be seriousissues of contention in litigation

involving gas qudty.



INCONSISTENCIES USING SIMULATOR NO. 2

Thereaultsin Table 3 were obtained usng Smulator No. 2 to caculate dew points for
the mixture composition in Table 1 at 39.93 bar(a).

For Simulator No. 2, the phase envelope caculation indicated a dew point temperature of
55.00°C at 39.93 bar(a). The separator caculation at 39.93 bar(a) with the ratio of the moles of
vapor to moles of feed, V , specified to be 1.0 yielded a dew point temperature of 42.24°C.
Thus, adisagreement of more than 12°C occurs using these different calculation modulesin
Simulator No. 2. When isotherma-isobaric flashes at 39.93 bar(a) were performed using
Simulator No. 2, starting at 55.00°C and decreasing the temperature in 0.4°C increments, the
caculations indicated no liquid present until the temperature was below 41.00°C. Isothermd-
isobaric flashes at 39.93 bar(a) then were performed starting at 41.00°C and increasing the
temperature in 0.4°C increments. These calculations indicated that liquid was present a
temperatures where the previous flashes usng decreasing temperature indicated no liquid
present. These results tend to indicate that the isothermal-isobaric flash dgorithm used in
Simulator No. 2 uses the vapor-liquid split obtained in the most recent flash asthe initid value
for theiterative stepsin the current flash and further that the Gibbs free energy has not been used
to perform a stability anadyss to determine if the mixture is more stable asasingle phase or a
two phase system. Issuesreated to initid values of iteration variables and sability andysisis
discussed in more detall in alater section.

VLE USING EQUATIONS OF STATE

V apor-liquid equilibrium (VLE) cdculaions usng equations of sate mugt satisfy the

following so caled condition equations, which can be derived from classca thermodynamics,

TV =Tt 1)



PV =P" 2
fi =1, (3)
where the superscripts V' and L refer to the vapor and liquid phases, respectively. To satisfy
these condition equations it is necessary to caculate the fugecity of the ith component, ?i ,in
both vapor and liquid phases. The fugacity of the ith component in afluid mixture, ?i , IS

related to the equation of state by the following relation,
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In equation 4, x; isthe mole fraction of the ith component in the mixture, which may be

ether liquid or vapor; V isthe volume of the phase. When the mixture equation of Sate

expression for the absolute pressure P as afunction of absolute temperature T , molar density

r and phase component mole fractions x. is used in Equation (4), the equetion of state

expression for the component fugacity ?i in the phase reaults.

| sothermal-isobaric flash calculations as well as dew point and bubble point caculations
aso mug satidfy the following ration that can be derived from the mole baance rlations for

each component (vapor moles plus liquid moles equa total moles),

w(r.pv)=4 Bk ©

Inthisrdation z isthe molefraction of the ith component in the feed mixture. At

vapor-liquid eguilibrium, one mole of the feed mixture splitsinto VV moles of vapor and

(1- V)= L molesof liquid. The eqilibrium vaporization ratio or K -vauefor the ith



component, K;, istheratio of y, and x;, the equilibrium mole fractions of the ith component in

the vapor and liquid phases respectively,

a8y, 0 _
K, =g—= equilibrium (6)
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For one mole of feed mixture, the number of moles of the ithcomponent in the feed,
vapor and liquid are x,, yV and x, (1- V), respectively, that is,

7 =yV +x(1-V) (7)
whenz K. and V have been determined y; and x; can be solved using Equations 6 and 7.
In dew point, bubble point and isothermd-isobaric flash caculations, two of the three quantities
T,P and V are specified and the third is searched for. In isotherma-isobaric flash caculations,
T and P are specified and V issought. In dew point cdculations, V =1 is pecified and ether P
or T issought. Similarly, in bubble point caculaions, V =0 is oecified and P or T is sought.
Other problems may specify vaues of V between O and 1. In dl cases, the solution for the
unknown whether (T, P, orV ) isthat vaue of the unknown for which F(T,P,V)=0 in
Equation 5.

If the K-values (K, ) in Equation 5 were functions only of temperature and pressure,
virtually any iterative search method will converge to the solution for the unknown (T, P, orV).
For example, if T and P arefixed, and K; are known then the flash calculation is an iterdtive

search for V intherangeOto 1.

When the equation of state method is used for mixture vapor-liquid equilibrium
prediction, the condition equation f ¥ =f -, Equation 3, imposes an additional requirement that

must be satisfied. The direct subgtitution method, discussed below, is a popular method for



smultaneoudy satisfying Equations 1, 2, 3 and 5 in isothermal-isobaric flash caculaions using
equations of date.
DIRECT SUBSTITUTION FLASH PROCEDURE

The essence of the direct substitution procedure isto directly subtitute the current
estimates of the K -vauesinto Equation 5, solution of which leads to new vapor and liquid
compostionswhich in turn are used in Equation 4 to caculate new fugacity vauesfor each
component in each phase, leading to new estimates for the component K -vaues.

The firgt step in the procedure is to perform a flash caculation for the feed mixture

composition using firg estimates of the K -values, denoted by R . Theflash cdculation yidds
the vapor-liquid split (V and L) and the component mole fractions, y; , for the vapor phase and
X; , for the liquid phase. This alows calculation of the dengties of the vapor and liquid phases

using the equation of state. The composition and densities are then used to ca culate component
fugacitiesin each phase, usng Equation 4. If the vapor fugacity of any component is different

fromitsliquid fugacity, theratio R in Equation 8 can be used as a new estimate for the

K -vaue of the ith component in anew solution of Equetion 5,

R=li/x ®
Ty

This cydeis repeated until the thermodynamic condition for equilibrium (equdity of component
fugacitiesin each phase) is satiffied, for then R in Equation 8 equas the equilibrium ratio, K,

in Equation 6. By this method, with the convergence criterion i =1,2, N,

‘1- T /TL‘ <EPSF ©



The direct subgtitution method generdly converges provided the temperature- pressure
condition iswithin the two- phase region (according to the equation of state utilized) and atwo
phase vapor-liquid split is obtained with the initid estimates of the component K -vaues.
Michelsen [1] has given amathematical description of the conditions under which convergence
of the direct subtitution method is assured.

For mixtures with large numbers of components, such as natural gas mixture
compostions from extended chromatographic andysis, the direct substitution method often
requires large numbers of iterations near high-pressure dew points and in the vicinity of the
critical point. Various acceleration methods have been used to reduce the number of iterations
required, but as noted by Michesen [1] these methods can fall if the initid estimates of the

K -vaues are too far fromthe solution vaues. For thisreason, Michdsen [1] uses stability
andyds, asan initid step to determine if the Gibbs free energy indicates the mixture at the
T - P condition is more stable as a two phase system or a single phase sysem. To determineiif

two phases are more stable than a single phase vapor at a given T-P condition, component feed
molefractions, z, can be used to calculate vapor fugacities, Tiv . Thentheinitial estimatesfor

K -vaues, R, can be used to estimate liquid compositions x; = z, /R, for cdculations of liquid

fugacities, ?iL . The K -vaue estimates then can be revised usng

g =Ll (10)

) T, / z
from which new valuesof x, can be obtained. Thisiterative procedure can be continued until

the convergence criterion in Equation 9 is satisfied. If the molar Gibbs free energy of the liquid

composition is less than the molar Gibbs free energy of the vapor composition, the system is



more gable as atwo phase rather than asingle phase system. This sability test works effectively

near dew points and far into the two phase region. The procedure can be modified by using the

feed mole fractions z for caculation of liquid phase fugacities ?iL to determine if two phases

are more sable than asingle phase liquid a the T-P condition. For atwo phase system, stability
andyss dso generates good initid estimatesfor K -vaues that Michelsen [2] usesin second
order convergence methods in flash calculations leading to rapid solutions at high pressures and
near the critical point. Based on Michelsen’'s[1,2] work, it is probable that when a simulator
T - P flash cdculation yields asingle phase (trivid solution) when there actudly are two
phases, the smulator has not used tability andyss.
EFFECTS OF INCONSISTENT CONVERGENCE CRITERIA

Equations of state vapor-liquid equilibrium cdculaionsinvolve sets of nested iterative
cdculations. The use of incongstent convergence criteriain different dew point caculation
options can lead to differing dew point temperatures from the different options.

Consider the isothermal-isobaric (T - P) flash calculation. Withfixed T, P and K,

vaues, Equation 5 must be solved using trid vauesfor V , the moles of vapor per mole of feed.
Newton's method often isused, with V' congtrained totherange 0 £V £1. When the changein

successveiterative vaues of V  islessthan the convergence criterion EPSV ,

NV, -V, | <EPSV (12)
thesolution V,, is accepted.

Flash calculations using Simulator No. 1 asymptatically approach L= (1- V)=1.0" 10°°
as the temperature at 41.0 bar(a) is increased in the two phase region. When the temperature is

increased 0.001°C beyond the temperature where L =1.0° 10°°, theresult L=(1- V)=0



results. Thisindicates that the convergence criterion EPSV =1.0” 1.0°° isused in Smulator
No. 1.

Ogcillationsin V' can occur if the criterion for convergence of fugacities, EPSF | is
gmaller than the criterion for convergenceof V , EPSV . If in Smulator No. 1,

EPSV =1.0" 1.0°°, theniit is probably that EPSF >1.0" 1.0°°. With these convergence criteria,
it is probable that the Smulator No. 1 T - P flash predicts single phase vapor at conditions near
the dew point where the use of smdler EPSV and EPSF would predict two phases. The
differences appear to increase as the number of mixture components increases and therefore the
differences can be large for natural gas mixtures containing many heavy hydrocarbons. These
differences can be made significantly smdler by decreasing the various criteriafor convergence
suchthat EPSF > EPSV > EPSD where EPSF isno greater than 1° 10°° (ESPD isthe
convergence criterion for the equation of state dengity agorithm). Even an IBM compatible PC
using double precision alows calculation precision of gpproximatdy 1.0” 10, so the use of
tighter convergence criteriacertainly isfeasble.

It should be noted that a search at fixed pressure for apecified value of V' involves

iterative vauesfor T , so that the precisonin T dependson the precisonin V .

POSSIBLE CAUSES OF INCONSISTENCIES

Experience in working with the BWRS eguation of state shows that even when the
equation of state is capable of representing the phase behavior of a hydrocarbon mixture, the
agorithmsto find the solutions may fail or take many iterations to converge.

For example, the way in which the dew point temperature is seerched may be totaly
different from the way in which the dew point pressure is searched. Likewise, the way inwhich

lower dew point pressure is searched may be different from the way that upper dew point



pressure is searched and thus certain knowledge of where in the phase diagram the initia
estimate for the search islocated becomes important.

Theuseof K -vduesin the sngle phase has no sgnificance. When aVLE cdculdionis
attempted in the single phase region, atwo phase assumption is made and successive iterations
performed until the program determines that the condition is Sngle phase. The dgorithm hasto
make corrections to take a step towards the solution based on a starting point. If the initia
edimatesfor thered K -vaues steps the program into single phasg, it is conceivable that the
agorithm won't find itsway out of sngle phase when in fact the answer may be two phase. The
use of gability andysisadsin avoiding this problem, but, as noted herein, some smulators do
not use gahility anayss appropriatdy.

K -vaues of heavy components are very smdl and thus make large contributions to the
dew point caculation. Thisiswell known and may provide partid reasons for the disagreements
displayed in Tables2 and 3. Not only are K -vaues of the heavier fractions very smal, their
mole fractions are usudly very amadl. The divison of asmal number by another smal number
accumulated in a summeation may be a source of problems depending on how it is manipulated
interndly in the different dgorithms. The use of double precison computation and carein
handling truncation precison can reduce these problems.

The dope of the vapor fraction a congtant pressure as a function of temperature ingde
the phase envel ope changes significantly with pressure. If the convergence criteriafor the flash
caculation are such that it doesn’t consder enough significant figures, it is possble thet a a
particular pressure asmall change in vapor fraction corresponds to alarge change in temperature,

thus obtaining an erroneous dew point.



Perhaps the mogt difficult aspect of VLE dgorithm development is to make the dgorithm
fast, aswell asrobust. For this reason, various methods have been used to accelerate the direct
subgtitution method. Unfortunately, as has been noted by Michelsen [2], some of these methods
can step towards wrong answersiif theinitia condition or any iterative step is inappropriate.
Thus, some smulators may need agorithm replacement by more robust methods.

It is difficult to determine the specific cause (or causes) of differencesin dew points from
different dgorithms within agiven smulator. Possible causes of the dew point differences noted
for Smulator No. 1 are incons stent convergence criteria and/or inconsstent use of stability
anaysis, but of course there could be other causes. For Smulator No. 2 the indication that
gability andyss was not performed in the T-P flash calculations suggests that sability andyss
isnot used or is used inconsigtently in smulator No. 2, potentidly causing the inconsistencies
noted in dew points from different dgorithms.

POSSIBLE SOLUTIONS

There are two primary features of natural gas VLE cdculations using equations of state
that become foca pointsin thiswork. Oneisthe necessity to use sability andyssto determine
whether the naturdl gas composition at a given temperature-pressure is two phase or single phase
according to the equation of state being used. Stability andlyss provides good initid K -vaues
for two phase conditions and can be repesated every severd iterations during the search adgorithm
to avoid trivia solutions. The second fegture is the use of agorithm convergence criteria that

yield higher precison for more consistent results between different dgorithm types.



CONCLUSIONS

This paper shows that there is need for improvements in contemporary process smulator
equation of state vapor-liquid equilibrium dgorithms. These needs have become increasingly
evident for natura gases as increasing numbers of heavy hydrocarbons have been detected and
included in improved gas chromatographic anadlyss. Because these heavy hydrocarbons have
large influences on naturd gas high-pressure dew points, the inconsistencies in smulator dew
point agorithms noted in this paper are accentuated for these mixtures. Thee materia presented
in this paper isintended to provide afocus for the improvement of these dgorithms.
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LIST OF SYMBOLS

F vapor-liquid balance function

f fugacity of component i in mixture
i component index
K, equilibrium ratio or K -vaue for component i
L moles of liquid per mole of feed
N total number of components
n iteration index
n number of moles of component i in phase
P pressure

P critical pressure

R gas condtant



R iterative estimate of K;
T temperature

criticd temperature

\Y, volume of phase, moles of vapor per mole of feed

critical volume per unit mass

X. mole fraction of component i in liquid phase
Y, mole fraction of component i in vapor phase
z mole fraction of component i infeed

GREEK LETTERS

r molar density
SUPERSCRIPTS
L liquid phese

Vv vapor phase
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TABLE . Natura gas stream mixture composition in kilomoles per hour and characterization

parameters used for pseudo-components (C6*, etc.)

Comp. kmol/hr Tb MW Rd. Tc Pc Vc Acentric
(C) Dens. (C) (ba) (m3/kmol)  Factor

N2 63.19551

CO2 1010.30263

Cl 8653.28934

C2 182.12183

C3 47.23891

IC 10.85145

nC4 10.22197

iC5 4.37504

nC5 2.84072

C6* 3.74482 589 83.1 0676 22541 31196 0.35447 0.26446

cr* 7.90547 80.7 82.3 0819 276.13 42936 028731 0.22814

C8* 2.13640 109.6 98.1 0.805 30754 35291 0.36231 0.28587

Co* 0.74218 137.6 1121 0.816 33799 31519 042266 0.31578

C10* 0.41940 163.2 125 0.820 363.19 28.044 0.48924  0.34853

Cl1* 0.28747 185.9 141 0.829 384.83 25792 0.54002  0.40457

Cl2* 0.18771 205.4 154 0.862 406.53 27594 051165 0.46299

C13* 0.07497 225.3 166 0.878 42849 26.335 054910 0.48756

Cl4* 0.03476 244.6 180 0.881  446.13 24.253 0.60537 0.51824

C15 0.01825 261.6 194 0.879 460.03 22212 0.66754  0.54786

Cl6* 0.00733 278.2 209 0.879  473.87 20468 0.73174 0.57571

Cl7* 0.00262 293.9 224 0.879 486.71 18931 0.79824  0.60214

C18* 0.00088 308.6 240 0.879 49854 17594 0.86569  0.62704

C1o* 0.00047 323.2 255 0.879 510.11 16.364 0.93760  0.65198

C20+* 0.00017 416.6 400 0.879 581.73 10.622 149789  0.82595

10000.00000




TABLE II. Dew Points Caculated Usng Smulator No. 1

Pressure, Cdculated Dew
Calculation Type bar(a) Point, °C
Phase Envelope 41.0 52.59
Separator with V=10 41.0 50.17

| sothermal-1sobaric Flash 41.0 41.57




TABLE IIl. Dew Points Caculated Using Smulator No. 2

Pressure, Cdculated Dew

Cdculation Type bar(a) Point, °C
Phase Envelope 39.93 55.00
Separator with V=1.0 39.93 42.24

| sothermal-1sobaric Flash 39.93 Ungable
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